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3D-CFD model of a ﬂuidized bed gasiﬁer with catalytic candles was developed.
• ASimulations
of tar steam reforming showed high temperature drop and low conversions.
• Small O injections
kg/h) were added in the freeboard to promote tar conversion.
• Simulations with low(∼0.5
input tar, assuming fe-olivine bed, showed higher conversion.
•
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Biomass gasiﬁcation is a very promising process to produce energy from agricultural wastes; however, tar and
particulate have to be removed in order to make the product gas exploitable. Catalytic ﬁlter candles inserted in
the freeboard of a ﬂuidized bed gasiﬁer, perform hot syngas cleaning from particulate and promote the steam
reforming reactions of tar and methane thanks to the addition of Ni-catalyst in their inner space. In this work, a
3D-CFD model is implemented in the FLUENT software, to simulate 6 catalytic candles housing in the freeboard
of a pilot scale dual bubbling ﬂuidized bed steam gasiﬁer (100 kWth as biomass input). Main model parameters
were derived from experimental results obtained with a bench scale gasiﬁcation reactor, equipped with a
ceramic ﬁltering candle containing a commercial catalyst, to allow conditioning the raw syngas produced on
site. Simulations were carried out to study the conversion of tar and methane in a real case application. The
temperature drop along the gasiﬁer freeboard causes very low conversion (≈15%) of tar produced inside the
gasiﬁer ﬂuidized bed. It was found that small injections of O2 in the freeboard can rise the temperature and
increase tar conversion up to 77%. Finally, simulations with raw syngas input subjected to primary tar removal
by means of Fe-olivine as ﬂuidized bed material resulted in high conversion rates and residual tar content lower
than 1 g/Nm3.

1. Introduction
Biomass gasiﬁcation is a very promising process to produce energy
from agricultural wastes [1]; however, tar and particulate have to be
removed in order to make the product gas exploitable. In order to meet
the increasingly stringent environmental regulations, and increase the
eﬃciency of biomass thermochemical conversion in useful gas and/or
hydrogen syntheses, it is necessary to clean the product gas from particulate and tar [2].
The elimination of dust contained in the gas is compulsory before
subjecting it to subsequent treatments such as reforming of high

⁎

molecular weight hydrocarbons (tar) in light gases. Tar content in
syngas produced in a ﬂuidized bed gasiﬁer ranges between 5 and 100 g/
Nm3 [3] and may cause diﬀerent problems. For example, in the reformer units the catalysts might be deactivated as a consequence of
carbon deposition; in the heat exchangers and turbines fouling and
corrosion could represent a serious problem. Therefore, the gas
cleaning units play an important role, also for the ﬂy ash removal, in
order to reach both environmental emission limits and protection of
downstream units. Furthermore, the presence of tar among the products
of gasiﬁcation reduces gas yield and conversion eﬃciency. In addition,
these contaminants are responsible for carbon deposition that can block
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Nomenclature

Mi
Nu
p
pi
Pr
rj
rj,EDM

Abbreviations
CFD
EDM
SMR
WGS
m.u.

computational ﬂuid dynamics
eddy dissipation model
steam methane reforming
water gas shift
measurement unit

rj,kin

Symbols
Aj
ci
C
CEDM
D
Di
Dik
Ej
Gr
h
hamb
k
kc,eﬀ,g,ins
kj
Kj
Keq,j

Sh
pre-exponential factor of reaction j (R1…R8), m.u. see
Table 3 and Table 5
molar concentration of specie i, kmol m−3
inertial resistance factor, m−1
empirical constant in eddy dissipation model
diameter of the insulation wall (in Eq. (20)), m
mass diﬀusivity of specie i, m2 s−1
binary diﬀusion coeﬃcient of species i, k, m2 s−1
activation energy of reaction j (R1…R8), J mol−1
Grashof number
enthalpy, J kg−1
heat transfer coeﬃcient, W m−2 K−1
In Eq. (22) turbulence kinetic energy, m2 s−2
catalyst/candle, eﬀective, gas, insulation thermal conductivity, W m−1K−1
rate constant of chemical reaction j (R1….R5), m.u. same
of A see Table 5
arrhenius for adsorption group in reaction j (R3, R5), m3
mol−1
equilibrium constant for reaction j (R1, R2), Pa2 (R1) –
dimensionless (R2)

Si
T
v
xk
yi

molar weight of specie i, kg kmol−1
Nusselt number
static pressure, Pa
partial pressure of specie i, Pa
Prandtl number
rate of reaction j (R1…R5), kmol kg−1 s−1
eddy dissipation model rate of combustion reaction j
(R6…R8), kmol m−3 s−1
kinetic rate of combustion reaction j (R6…R8), kmol m−3
s−1
source term in the energy balance due to combustion reactions, J m−3s−1
source term in the balance of specie i due to combustion
reactions, kg m−3s−1
temperature, K
velocity, m s−1
molar fraction of specie k, mol mol−1
mass fraction of species i, kg kg−1

Greek letters
α
βj
ΔHj0
ε
εc
ηi
µ
νij
ρ
ρcat
τ̄¯g

permeability, m2
empirical constant for kinetic rate of combustion reactions
heat of reaction j, kJ kmol−1
In Eq. (22) rate of dissipation of turbulence energy, m2 s−3
catalyst bed/candle porosity
empirical constant for kinetic rate of combustion reactions
viscosity, kg m−1 s−1
stoichiometric coeﬃcient of species i in reaction j
gas density, kg·m−3
catalyst density, kg·m−3
stress tensor, Pa m−1

directly on the ceramic ﬁlters and to render the overall process more
feasible in practice, commercial ceramic candles for particulate abatement at relatively high temperature could be ﬁlled with commercial
pelletized steam reforming catalyst in their inner empty space. To verify
this hypothesis, both, experimental and simulation work is required. In
this paper, a 3D-CFD model was developed for the freeboard of a ﬂuidized bed gasiﬁer equipped with ceramic catalytic ﬁlters. To satisfy the
ﬁltration requirements of the raw gas produced by a pilot scale steam
gasiﬁer (100 kWth as biomass input) six full size, commercial ﬁlter
elements are assumed to be arranged vertically above the ﬂuidized bed,
inside the reactor vessel, all of them ﬁlled with commercial pelletized
steam methane reforming catalyst. Key model parameters (such as preexponential factors in the reforming reaction rate expressions, permeability and inertial resistance factor of ﬁltering candle and inner catalyst bed) were ﬁrst deﬁned by means of experimental results obtained
with the operation of a bench scale ﬂuidized bed gasiﬁer and then used
to predict the behaviour of the tar conversion system in the pilot scale
gasiﬁer. The reactor was simulated assuming thermal dispersions towards the surrounding environment. In order to increase the gas temperature and consequently tar conversion in the candles, the injection
of small amount of oxygen in the freeboard, burning a slight portion of
the fuel gas, was also evaluated.

the porous media of a fuel cell anode. The tolerance limit of high
temperature fuel cells to tars has yet to be fully deﬁned in the literature
due to the novelty of such systems and shortage of data on their long
run performance; a value of the order of 100 ppmw has however been
proposed by Aravind and de Jong [4].
Catalytic ﬁlter candles are an innovative solution for hot gas
cleaning and conditioning. The main advantage of this concept, differently from the low temperature gas puriﬁcation systems, is that it
avoids tar condensation and the operating temperature is closer to the
gasiﬁcation temperature [5]. Catalytic ﬁlter candles can be inserted
directly in the freeboard of a ﬂuidized bed biomass gasiﬁer: in this way,
particles removal, decomposition of tar and ammonia are integrated
with gasiﬁcation in one process unit [6], reducing thermal dispersion
(especially for small scale applications) and increasing the overall efﬁciency of the process. Furthermore, the clean fuel gas is made available at temperature levels required by high eﬃciency power generation
devices like high temperature fuel cells (SOFC or MCFC [7,8]) or to
produce biofuels like bio-methanol [9] or synthetic natural gas [10,11]
avoiding thermal losses.
Characterization of catalytic ceramic candles in terms of gas ﬂow
ﬁeld, particle separation and tar reforming exhibited at diﬀerent operating conditions has been the subject of a previous work [12] addressed to 2D-CFD simulations. Numerical results conﬁrmed the experimental demonstration at lab and pilot scale that catalytic ceramic
ﬁlters inserted in the freeboard of a ﬂuidized bed gasiﬁer, allow the
complete removal of particulate by means of their anisotropic porous
ﬁltering structure, and furthermore act as an eﬃcient media to remove
tar (< 200 mg/Nm3), thanks to the Ni catalyst impregnated into the
ﬁlters body [13–19].
To by-pass technical problems related to the impregnation of Ni

2. Experimental apparatus
The experimental data needed to validate the model and parameter
values were obtained with a bench scale apparatus (see Fig. 1) composed of a bubbling ﬂuidized bed gasiﬁer with an internal diameter of
0.10 m and 0.87 m high, externally heated with a 6 kW electric furnace.
The bed material consists of 3 kg of olivine with an average particle
2
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Fig. 1. Continuous ﬂuidized bed biomass gasiﬁcation bench plant. 1- water peristaltic pump; 2- steam boiler; 3-air and N2 mass ﬂow meters; 4- electric furnaces; 5gasiﬁer vessel ID 100 mm; 6- ﬁlter candle OD 60 mm, length of the ﬁlter candle segment 440 mm; 7-biomass feeder; 8-water manometers; 9-heat exchangers; 10blowers; 11-chillers; 12-heater; 13-instant ﬂow meter; 14-integral ﬂow meter.

diameter of 360 μm and density 3000 kg/m3. The upper part of the
reactor was modiﬁed in order to insert a segment of a ceramic candle
inside the freeboard; the ceramic ﬁlter, provided by PALL Schumacher
GmbH, with an external diameter of 60 mm, an internal diameter of
40 mm, and a total ﬁltration length of 440 mm (see Fig. 2a). The
ceramic candle has an Al2O3 based asymmetric structure, with new
improved candle support (UHT) characterized by coarse pores and a
ﬁne Al2O3 outer membrane layer on top of the support material, to
separate ﬁne particles (down to the order of one tenth of micron), with
high eﬃciency.
The experimental tests were carried out feeding steam (Steam to
Biomass ratio of 0.5 w/w) and nitrogen as ﬂuidization medium in the
wind-box. Steam was generated at 500 °C by feeding distilled water to a
stainless steel evaporator electrically heated. Almond shell particles,
1.1 mm in Sauter mean diameter, were used as biomass feedstock. They
were fed continuously into the hot ﬂuidized bed at a constant rate in the
range 4–11 g/min. All gasiﬁcation tests were carried out at the same
operating conditions and with the same biomass type and particle size.
The gas stream at the gasiﬁer outlet is cooled at room temperature by
means of three condensers: the ﬁrst one is made of stainless steel and is
cooled with tap water; the others are made of glass with diethylene
glycol solution as refrigerant; therefore the condensable fraction
(water + tar) was separated from the gas and recovered in Erlenmeyer
ﬂasks.
Online gas analysers (IR, UV and TCD) were used for the real-time
detection of H2, CO, CO2, CH4, NH3 and H2S. In order to sample the tar
produced by the gasiﬁcation process, the technical speciﬁcation CEN/
TS 15,439 was applied on a slipstream of the product gas. The GC–MS
analytical method was utilized to evaluate the tars present in each
sample.
At the end of each gasiﬁcation period, biomass feeding was stopped

and air was injected into the gasiﬁer to burn oﬀ the char. In this way,
the quantity of char accumulated during the whole gasiﬁcation period
was determined by the analysis of CO2 and CO in the exit gas. In order
to check the catalytic activity of the ﬁlters located in the freeboard of
the gasiﬁer, two biomass gasiﬁcation tests were performed and compared:

Fig. 2. a) ceramic candle; b) candle ﬁlled with commercial Ni-catalyst pellets.
3
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Test I-blank test = olivine particles in the gasiﬁer ﬂuidized bed, and
an Al2O3 based ﬁlter candle without catalyst in its freeboard;
Test II = olivine particles in the gasiﬁer ﬂuidized bed, and an Al2O3
based ﬁlter candle ﬁlled with catalyst in its freeboard (see Fig. 2b).
The main gasiﬁcation conditions for the two tests are summarized in
Table 1, while Table 2 shows the biomass composition.
Temperatures in various plant locations were measured by means of
thermocouples, and measurement devices for the continuous monitoring of ﬂow rates and pressure drop were also provided.

considered. These terms will be discussed later.
3.2. Porous structure of the ﬁlter candle and bed of catalyst pellets inside the
candle
The continuity equation is similar to Eq. (1).
The momentum balance is similar to Eq. (2), modiﬁed to consider
porosity (εc) of the solid (candle and catalyst bed) with an extra source
term composed of two parts: a viscous loss term, that depends on permeability, α (Darcy law), and an inertial loss term (due to an inertial
resistance factor C):

3. Development of the model

μ
Cρ → ⎞→
∇ ·(εc ρ→→
v v ) = −εc ∇p + εc ∇ ·(¯τ¯g ) − ⎛ +
|v | v
2
⎠
⎝α

The system simulated by the model is the freeboard contained in a
stainless steel (density: 8030 kg/m3, speciﬁc heat: 502.48 J/(kg K),
thermal conductivity: 25.1 W/(m K)) reactor vessel, above a dual
bubbling ﬂuidized bed (overall height 2.1 m), consisting of an internal
cylindrical combustion reactor (0.22 m O.D.) fed with air, surrounded
by a coaxial gasiﬁcation reactor (0.44 m O.D.) fed with steam. In the
gasiﬁcation reactor six cylindrical catalytic candles (0.06 m O.D.,
0.04 m I.D. 1.5 m length) are placed vertically and suspended from the
top, for ﬁltration and conditioning of the syngas generated there. More
details about the characteristics of the catalytic ceramic candles can be
found in [20]. The ceramic candles are deﬁned as porous media made
of alumina characterized by porosity and permeability. The internal
volume in the candles was assumed to be ﬁlled with a packed bed made
of commercial Ni-catalyst pellets for hydrocarbons steam reforming
[21], additionally deﬁned by its porosity and permeability. The gasiﬁcation reactor is surrounded by a layer of 0.2 m of Insulfrax LT 128
ceramic blanket, an insulation material simulated as a solid region, as
illustrated in Fig. 3.
The 3D-CFD numerical model was implemented in the FLUENT
software. The chemical species considered are typical of a steam gasiﬁcation gas product: H2, CO, CO2, CH4, H2O, and benzene (C6H6), toluene (C7H8) and naphthalene (C10H8). The tar key compounds taken
into account in this work are well representative of the overall, complex
tar mixture, since they are found in major quantity in a typical syngas
produced from biomass gasiﬁcation, as widely reported in the literature
[22–26]. Even though the particulate matter contained in the product
gas represents an issue and its removal is an important part of the gas
cleaning and conditioning system, in this work its presence was neglected. A companion study of particulate ﬁltration through ceramic
candles was previously performed by Di Carlo and Foscolo [12], where
an Eulerian–Lagrangian CFD model was developed and validated
against experimental ﬁndings, to simulate the ﬂuid dynamic behaviour
of gas and solid particles inside the ﬂuidized bed freeboard. The focus of
this work is instead the catalytic conditioning of the gaseous phase by
means of tar conversion.
The mass and momentum balances, given by the Navier-Stokes
equations, chemical species and energy conservation equations are
solved for the gas phase in the freeboard volume, in the porous zone of
the candle and in the porous volume of catalyst pellets.

Obviously, both α and C are diﬀerent for the candle and for catalyst
bed.
The conservation of energy for the gas, g, is expressed as follows:

∇ ·(εc →
v (ρh)) = ∇ ·[keff ∇T ] +

∇ ·(ρ→→
v v ) = −∇p + ∇ (¯τ¯g )

(2)

∇ ·(→
v (ρh)) = ∇ ·[((¯τ¯g )·→
v ) + k g ∇T ] + Sh

(3)

∇∙ (→
v ρyi ) = ∇∙ (Di ∇yi ) + Si

(4)

(6)

where h is the sensible enthalpy for an ideal gas, involving only the
sensible heat, Δ Hj0 is the enthalpy of reaction j and keﬀ is the eﬀective
thermal conductivity computed as:

keff = εc k g + (1 − εc ) kc

(7)

where k is the thermal conductivity of the gas phase, g, and of the
catalyst/solid phase, c.
The following chemical species balance was ﬁnally set:

∇∙ (εc →
v ρyi ) = ∇∙ (εc ρDi ∇yi ) +

∑ vij rj ρcat (1 − εc ) Mi

(8)

j

In Eqs. (6) and (8) r j is zero in the porous structure of the candle
(where reactions can be considered negligible) and is diﬀerent from
zero only in catalyst bed.
The thermo-physical properties of the syngas were implemented in
the model; its speciﬁc heat was calculated by the weighted average of
the speciﬁc heat of its components.
The thermal conductivity and the viscosity of the syngas are polynomial functions of the temperature. A piecewise polynomial function
was implemented to deﬁne the thermal conductivity and viscosity
coeﬃcients.
A k-ε model was adopted to model the gas turbulence in the freeboard of the simulated volume. The laminar ﬂow model was used in the
porous zones of the candle because the small pore diameters (in the
order of 70 μm) guarantee very low Reynolds numbers
(Re = 0.05–0.07).
The chemical-physical parameters integrated in the model for the
porous layer of the candle and for the catalyst pellets were obtained
from typical properties of alumina (density: 3939 kg/m3, speciﬁc heat:
731.04 + 1.2119 T – 0.0007 T2 J/(kg K), thermal conductivity: 34.274
– 0.0644 T + 4E-5 T2 W/(m K)). The porosity of the candle structure
(εcand ) was set to 0.3, as reported by the manufacturer [20], while the
porosity of the catalyst pellet (εcat ) was set to 0.7, as that measured
experimentally. The permeability and the inertial resistance factor of

For the freeboard region the following equations are solved for the
gas phase:
(1)

∑ rj ρcat (1 − εc )ΔHj0
j

3.1. Freeboard region

∇∙ (ρ→
v)=0

(5)

Table 1
Gasiﬁcation operating conditions.

where i indicates each of the chemical species. S and Sh are the source
(or sink) terms due to any reaction occurring in the freeboard, if
4

Gasiﬁcation Test

I (ﬁltration candle
without catalyst)

II (ﬁltration candle
with catalyst)

Duration of test (min)
Biomass ﬂow rate (g/min)
Nitrogen ﬂow rate (l/min)
Steam feeding rate (g/min)
Gasiﬁcation Temperature
(°C)

100
11.25
18.27
5.81
820

140
11.41
17.8
6.29
826
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Table 2
Biomass (almond shells) proximate and ultimate analysis.
Proximate analysis % wt/wt (as received)

Dry matter
Ash
Volatile matter
Fixed carbon

92.3
1.1
71.7
19.5

Elemental composition % wt/wt (dried at
105 °C)
C
H
N
O
S

C6 H6 + 6H2 O ↔ 9H2 + 6CO

(R3)

C7 H8 + 7H2 O ↔ 11H2 + 7CO

(R4)

C10 H8 + 10H2 O ↔ 14H2 + 10CO

(R5)

The reaction rate dependencies on concentrations (reaction order)
and on temperature (activation energy) for the steam reforming of
benzene and naphthalene were taken from Depner and Jess [30] that
describes the catalytic conversion with a Nickel based catalyst (15% wt)
in presence of H2O, H2 and traces of H2S.

48.9
6.2
0.18
43.5
0.026

rR3 =

kR3 cC 6H 6
1 + KR3 cC 6H 6 + KR3, H2 S c H2 S

(11)

rR5 =

kR5 cC10H 8
1 + KR5 cC10H 8 + KR5, H2 S c H2 S

(12)

Swierczynski et al. [31] gave apparent ﬁrst order kinetic parameters
for the steam reforming of toluene over a Ni/olivine catalyst:
(13)

rR4 = kR4 ctol

For the steam reforming of methane (SMR-R1) and the water gas
shift reaction (WGS-R2), the model of Numaguchi and Kikuchi [32]
with the kinetic parameters of de Smet [33] and the equilibrium constants of Hou and Huges [34] was used as the reference kinetic model:

rR1 = kR1

(pCH4 pH 2O − pCO p H2 3 /K eq, R1)
p H2 O1.596

(p

CO pH 2O

rR2 = kR2

−

pCO2 p H2
K eq, R2

(14)

)

pH 2O

(15)

For Eqs. (11)–(15) the kinetic parameter k is expressed as a function
of temperature by means of the Arrhenius dependency:

kRi = ARi e−ERi / RT

(16)

i = 1, 2, 3, 4, 5

3.4. Insulation region
Fig. 3. CFD simulation control volume.

The insulation region was simulated as a solid body. The only
equation solved for this zone is the energy equation:

the candle porous body and of the inner catalytic bed were deduced by
experimental measures of the pressure drop through the empty and
catalyst-ﬁlled candle, for diﬀerent temperatures and ﬁltration velocities, in a previous work from the same authors [27].
The mass diﬀusivity of each component Di was calculated with the
Wilke equation [28]

Di =

∇∙ (kins ∇T ) = 0

(17)

where kins is the thermal conductivity of the Insulfrax LT ceramic
blanket [35] used for insulation (average values between Insulfrax LT
96 and 128, respectively), as a function of temperature:

kins = 2.05·10−7T 2 + 9.11·10−5T + 5.26·10−2

1
x
∑k ≠ i Dk
ki

(9)

⎜

(18)

At the outer wall of the solid region a heat ﬂux boundary condition
with ambient air was assumed:

where xk are the molar fractions of diﬀerent species.
The binary diﬀusion coeﬃcient Dik was calculated using the
Chapman and Enskog [29] equation:

1
1 ⎞
1
Dik = 0.0018583 T 3 ⎛
+
2
M
M
pσ
Ωik
k
i
ik
⎝
⎠

W
mK

∂T
kins ⎛ ⎞
= hamb (Tamb − Twall )
⎝ ∂n ⎠wall

(19)
2

hamb has been set to 5.7 W/m K according to the following correlation recommended by McAdams [36] for natural convection over a
vertical cylinder for Grashoﬀ number Gr > 109, as in the case of this
work:

⎟

(10)

where σ and Ω are the Lennard Jones parameters that can be found in
Bird [29].

Nu =
3.3. Reactions rates
The chemical reactions of tar and methane steam reforming and
water gas shift taking place in the catalyst bed inside the candles were
considered in the model;

CH4 + H2 O ↔ 3H2 + CO

(R1)

CO + H2 O ↔ H2 + CO2

(R2)

hamb D
= 0.13(Gr∙Pr )1/3
kg

(20)

3.5. Combustion model
A positive action to improve tar conversion inside the candles is to
increase the temperature in the freeboard and thus in the candles: in
this way, the steam reforming reaction kinetics is accelerated. The
combustion of a slight fraction of the fuel gas was therefore simulated,
5
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Since the temperature reached during the combustion, even if just in
restricted hot spots, could be higher than 1000 °C, radiation must be
also considered. For this reason a Discrete Transfer Radiation Model
(DRTM) has been chosen, see Carvalho et al. [41] for more details. As
reported by Ilbas [42], for the non-premixed combustion of a composite
fuel (CH4 and H2), this model gives satisfactory results if compared with
experimental values, for a geometry similar to those evaluated here and
with the same turbulence model (k-ε) adopted in this work. As suggested by Ilbas, absorption coeﬃcients used in the radiation model are
0.50 m−1 for the composite fuel, while scattering coeﬃcients used are
taken as 0.01 m−1.

injecting a small amount of oxygen at the gasiﬁer outer surface, at
diﬀerent heights. In particular, 6 circumferential injection points were
chosen at each height: 0.4 m (just below the candles), 0.8 m, 1.2 m and
1.6 m from the bottom of the reactor.
The reactions considered in this study are:

CH4 + 1.5O2 → 2H2 O + CO

(R6)

CO + 0.5O2 → CO2

(R7)

H2 + 0.5O2 → H2 O

(R8)

Because of the low concentration of the heavier hydrocarbons, the
combustion of these species was neglected. Even if temperature can
reach peaks higher than 1000 °C due to combustion and thus tar
thermal cracking could be favoured at these temperatures, these reactions were also neglected in this work. This hypothesis (more conservative) is justiﬁed by the fact that temperature peaks are just hot
spots in the entire ﬂuid and the conversion of tar in these zones is surely
negligible.
To simulate the combustion of syngas in the freeboard region, a
ﬁnite rate/eddy dissipation model was used. Most fuels are fast
burning, and the overall rate of reaction is controlled not only by
Arrhenius-type kinetics (ﬁnite rate) but also by turbulent mixing. In
non-premixed ﬂames (like those evaluated in this work), turbulence
slowly conveys/mixes fuel and oxidizer into the reaction zones where
they burn quickly. The contribution of turbulent mixing can be evaluated adopting the eddy dissipation model proposed by Magnussen and
Hjertager [37].
In the ﬁnite rate/eddy dissipation model adopted in this work both
the Arrhenius-type ﬁnite rate (rj,KIN), and eddy-dissipation reaction rate
(rj,EDM) are calculated. The net reaction rate rj is taken as the minimum
of rj,KIN. and rj,EDM.
The Arrhenius-type ﬁnite rate of the combustion reactions has the
following expression:

4. Model validation
In order to obtain reliable values for key parameters appearing in
the model equations and validate the output of numerical simulations,
experimental tests performed in the bench scale gasiﬁer equipped with
a single catalytic candle in its freeboard (Test I and Test II) were
exploited. An axisymmetric integration domain was used in this case to
simulate half of the cylindrical reactor represented in Fig. 1.
The inputs to the simulation were gas and tar compositions obtained
in a biomass steam gasiﬁcation test with a non-catalytic candle. The
operating conditions were those used for the gasiﬁcation tests: the gas
input temperature was set to 820 °C, equal to the temperature measured
in the reactor bed, and the upward superﬁcial gas velocity was set to
0.365 m/s, that corresponds to a face ﬁltration velocity of 100 m/h
through the candle. A heat ﬂux of 1300 W/m2 was set on the reactor
wall in order to reproduce the eﬀect of the electric furnace used to heat
the bench scale gasiﬁer. The value chosen for the wall heat ﬂux was
assumed from enthalpy balances referred to the experimental tests. The
temperature of the head wall of the reactor was set to 780 °C, equal to
the value measured at the reactor outlet, near the candle head; the
temperature measured there is most likely aﬀected by thermal dispersions, corresponding to the top of the electric furnace (see Fig. 1). Two
additional thermocouples, placed along the candle and immersed in the
inner catalytic bed at 1/3 and 2/3 of its total length, allowed checking
the reliability of the axial temperature proﬁle calculated by the model
(T4 and T5 in Fig. 1). Input composition and operating conditions are
reported in Table 4.
Kinetic data for benzene, toluene, naphthalene, methane steam reforming and water gas shift found in literature [30–32] provided the
functional dependencies of the respective reaction rates as functions of
the concentration of species and temperature (activation energies). The
simulation outputs, in terms of temperature proﬁles, gas composition,
tar content and pressure drop, were compared with the results obtained
in the experimental tests carried out in the bench scale reactor equipped
with a ceramic candle ﬁlled with commercial Ni-catalyst pellets for
steam reforming of hydrocarbons. In particular, the comparison between predicted and experimental values of tar content in the output
gas stream allowed estimating the pre-exponential factors of the kinetic
constant in each reaction rate expression needed to obtain simulation
results close to the experimental outcomes. The chosen pre-exponential
factors are reported in Table 5.
The simulation results ﬁnally obtained are shown in Fig. 4 and
Table 6.
As shown in Fig. 4, model calculations allowed predicting

r j, KIN = T βjAj e−Ej / RT ∏ ciηi i = H2, CO, CO2, H2 O, O2 j
i

= reactions R6 − R8

(21)

βj and ηi are empirical constants, Aj and Ej are pre-exponential factor
and activation energy of the reaction j, respectively, ck is the concentration of the specie k. The kinetic model developed by Westbrook
and Dryer [38] was adopted for CH4 and CO combustion, while that of
Marinov et al. [39] for H2 combustion. As conﬁrmed by Wang et al.
[40], the results obtained using these kinetic models are in good
agreement with those obtained with a detailed reaction mechanism
under hot and dilute oxidation conditions.
Table 3 shows parameter values used in the numerical simulations:
Being the ﬂow rate of O2 injected extremely low, according to the
eddy dissipation model (EDM) of Magnussen and Hjertager, the rate of
reaction j, is given by:

yO2 ⎞
ε
r j, EDM = CEDM ρ ⎛⎜
⎟
k ⎝ νO2j Mw, O2 ⎠

(22)

where CEDM is an empirical constant equal to 4.0.
As already mentioned, the minimum between rj,KIN and rj,EDM is
chosen as net reaction rate rj. The source (sink) terms Si in the species
balance (see Eq. (4)) are therefore calculated as:

Si = Mi ∑ νij rj
j

Table 3
Diﬀerent global combustion mechanisms with kinetic rate data.*

(23)

where νij are the stoichiometric coeﬃcients of the specie i in the reaction j (negative for reagents and positive for products), Mi is the molecular weight of specie i, Furthermore, Sh in Eq. (3) is calculated as:

Sh =

A
R6 [38]
R7 [38]
R8 [39]

∑ rj ΔHJ
j

(24)

11

5.03·10
2.24·1012
5.69·1011

* Units in kmol, m3, K, s.
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β

E/R (K)

Reaction orders

0
0
0

24,056
20,484
17,609

[CH4]0.7[O2]0.8
[CO][O2]0.25[H2O]0.5
[H2][O2]0.5
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Table 4
Gasiﬁer freeboard input compositions (Test I) and operating conditions for simulation.

Table 6
Comparison of experimental and simulation results.
Experimental output

Simulation output

53.75
23.89
18.63
3.73
4.93
0.95
0.85
778
39.2

48.42
29.11
19.34
3.13
3.31
0.69
0.56
790
45

Input composition
H2 (%vol dry, N2 free)
CO (%vol dry, N2 free)
CO2 (%vol dry, N2 free)
CH4 (%vol dry, N2 free)
H2O content (%)
C6H6 (g/Nm3)
C7H8 (g/Nm3)
C10H8 (g/Nm3)
H2S (ppmv)

40.04
29.05
22.35
8.56
15.67
10.40
2.30
2.04
100

Operating conditions
T in (°C)
Wall heat ﬂux (W/m2)
v in (m/s)

820
1300
0.365

H2 (%vol dry, N2 free)
CO (%vol dry, N2 free)
CO2 (%vol dry, N2 free)
CH4 (%vol dry, N2 free)
C6H6 (g/Nm3)
C7H8 (g/Nm3)
C10H8 (g/Nm3)
T out (°C)
Pressure drop at vﬁltr = 100 m/h
(mbar)

concentrations of tar and methane. In the upper part of the catalytic
bed, the measured temperature is higher, about 835 °C, probably because of the minor extent of the steam reforming reactions there, which
thus require less heat ﬂux. At the outlet of the reactor the temperature
strongly decreases, because of the thermal dispersions close to the head
of the gasiﬁer, reaching a value of approximately 780 °C.
The Figure also shows that the model reproduces well this trend: the
calculated temperature values are fairly close to the experimental values measured at diﬀerent points, so that inputs and conditions used for
simulation can be considered representative of the phenomena occurring in the real bench scale gasiﬁer during a catalytic test.
Table 6 shows that the experimental values of tar content resulting
from the catalytic treatment are well reproduced by the simulation
model. A satisfactory correspondence is also obtained between simulated and experimental concentration values of gaseous species: major
discrepancies concern H2 (-9% relative error) and CO (+23%), respectively. It should be considered here that in each catalytic test performed with the bench scale rig, the gas composition in the reactor
freeboard surrounding the candles (i.e. the inlet boundary condition for
the computation model) cannot be measured and therefore known
precisely; in simulations, it was inferred from the results of a blank
gasiﬁcation test without catalyst pellets in the ceramic candle. Oscillations in the abundance of the atomic species are always possible
among diﬀerent gasiﬁcation runs at close operating conditions: this can
well explain discrepancies as those reported in Table 6. Anyway this
diﬀerence in CO values does not aﬀect the validity of the model regarding tar conversion.

Table 5
Values of pre-exponential factors adopted in the chemical reaction rate expressions.
Reactions

Pre-exponential factors

CH4 + H2O ↔ CO + 3H2
CO + H2O ↔ CO2 + H2
C6H6 + 6H2O ↔ 6CO + 9H2
C7H8 + 7H2O ↔ 7CO + 11H2
C10H8 + 10H2O ↔ 10CO + 14H2

36.79 kmol/m3 Pa−0,404/s
3.51E-5 kmol/m3 Pa−0,404/s
6309 s−1
4.44E10 s−1
8.67E8 s−1

5. Results and discussion
The 3D-CFD model was then used to simulate tar conversion in the
freeboard of the dual bubbling ﬂuidized bed steam gasiﬁer integrated
with six catalytic candles. The input gas composition used for these
simulations were taken from the results recorded in the 100 kWth pilot
scale dual ﬂuidized bed gasiﬁer operated at Vienna University of
Technology, here assumed as reference values of gas composition in a
dual ﬂuidized bed steam gasiﬁer [43]. N2 (10% in volume) was added
to the input gas composition, assuming a small leakage between the
combustion and gasiﬁcation chambers of the reactor. Input tar compositions were taken from a previous work [18]. The input gas and tar
composition are summarized in Table 7.
For the insulation wall, an ambient temperature of 300 K and a heat
transfer coeﬃcient of 5.7 W/m2 K were set (see Eqs. (19) and (20)).
Results of simulations with the above mentioned input parameters
are reported in Fig. 5.
Fig. 5 also shows the gas temperature calculated at the outlet of the
ceramic candles: the value estimated by the model is close to that at the
top of the candles outer surface. The estimated tar conversion yields
obtained in this simulation are in the range of 10–20%, and thus the tar
residual content is still too high for an eﬀective exploitation of the
syngas (∼10 g/Nm3, excluding benzene). Furthermore, it was observed

Fig. 4. Comparison of experimentally measured temperature values and axial
temperature proﬁle predicted by the simulation model, inside the reactor
freeboard below the ﬁltration candle and then in the candle inner catalytic bed.

temperature as a function of reactor height, inside the ﬂuidized bed
freeboard, across the bottom wall of the ﬁlter candle and along its inner
catalytic bed up to the output gas stream; this proﬁle is compared with
the experimental values measured at the corresponding heights.
As reported in Fig. 4, a temperature of approximately 810 °C was
measured in the lower point of the catalytic bed; this temperature decrease compared to the input value is most likely ascribable to the
endothermic steam reforming reactions that take place mainly in the
lower part of the candle because of the high temperatures and
7
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where these are absent; in particular, a decrease of the temperature
values towards the upper part of the candle is noticed. This eﬀect is
conﬁrmed by the radial temperature proﬁles at diﬀerent heights of the
candle; between sections A and C there is indeed a temperature difference of approximately 80 K. It was also observed that in section C, in
which the temperature is higher, temperature tends to decrease towards
the centre of the candle, probably due to the demand of heat by the
steam reforming reactions that take place in the catalytic volume.
Section A instead, in the upper part of the candle, shows a diﬀerent
trend with temperature decreasing towards the external part of the
reactor (upper-right side of the section); this eﬀect could suggest that
thermal dispersions would prevail there on heat absorption by a low
extent of the steam reforming reactions.
Fig. 7 shows the reaction rates of methane and naphthalene steam
reforming; the values refer to three radial sections, A, B and C, at different heights of the candle.
Diﬀerences among the values of reaction rates, in the external as
well as in the internal part of the catalytic bed were noticed, especially
in section C. In particular, the peripheral part of each section shows
comparatively higher values, both for naphthalene and for methane
steam reforming reaction rates. In addition to the eﬀect of the radial
temperature distribution that is particularly important in section C
(Fig. 6), this outcome of the model derives from the combination of
ﬂow, composition and temperature ﬁelds at diﬀerent heights of the
catalytic bed.
Furthermore, methane and naphthalene show the highest values of
reaction rates in the lower section of the candle (C), while in the upper
sections the values are strongly reduced; section A shows indeed reaction rates reduced of nearly one order of magnitude for naphthalene
and of 2.5 times for methane, compared to section C. This phenomenon
is certainly ascribable to the temperature variations along the candle,
speciﬁcally the substantial temperature drop predicted towards the exit
of the reactor. It is thus found that the control of temperature and the
reduction of thermal losses are crucial issues in the chemical reaction
design for tar removal.
The solution suggested to answer properly the above issues consists
in blowing a small ﬂowrate of O2 in the freeboard of the reactor, in
order to burn a little portion of the fuel gas, and increase the temperature enough to promote the tar reforming reactions. A distributed
oxygen feeding system was implemented in the model of the gasiﬁer
freeboard, made of four series of nozzles uniformly positioned around
the reactor circular wall, each made of six nozzles, located at diﬀerent

Table 7
Input composition and operating conditions used in simulations.
Gasiﬁer input

Combustor input

H2 (%vol dry, N2 free)
CO (%vol dry, N2 free)
CO2 (%vol dry, N2 free)
CH4 (%vol dry, N2 free)
H2O content (%)
C6H6 (g/Nm3)
C7H8 (g/Nm3)
C10H8 (g/Nm3)

38.70
20.29
30.57
10.43
23.39
11.00
8.00
4.60

CO2 %vol 8.68
N2 %vol 70.12
H2O %vol 21.20
–
–
–

Operating conditions
T gas in the ﬂuidized bed (°C)
Input gas ﬂow (Nm3/h)

850
18.19

950
26.55

that the temperature strongly drops along the reactor height, reaching
679 °C at the outlet of the candles, this being probably the cause of the
low tar conversion rate; tar steam reforming over Ni catalysts is in fact
eﬀective at temperatures higher than 700 °C [44,45].
As also shown in Fig. 5, temperature on the gasiﬁer wall is lower
than that on the catalytic ﬁlter candles at the same freeboard height, so
that it can be inferred from this simulation that heat dispersions are the
major cause of the temperature drop, much more than the endothermic
steam reforming reactions in the catalytic packed bed contained inside
the candles, the extent of which is quite limited in this case. From rough
calculations on the heat ﬂuxes, it is indeed found that the thermal
dispersion ﬂuxes are 1.5–2 times higher than the thermal power demand linked to the progression of the endothermic steam reforming
reactions, conﬁrming the observations made above.
More insight on temperature distribution predicted by the model in
the whole reactor freeboard, in the body of the ﬁltering candles and in
the inner catalytic ﬁxed bed is provided by Fig. 6, together with radial
temperature proﬁles in diﬀerent sections of the candle; a comparison is
also made with the temperature distribution map computed when all
reforming reactions are suppressed, other operating conditions being
equal.
Fig. 6 shows the proﬁles of temperature along an x-z oriented surface passing through the centre of two candles, and in three sections (A,
B and C) at diﬀerent heights of the candle. It is possible to observe that
in presence of the endothermic steam reforming reactions, the temperature proﬁles along the surface are diﬀerent compared to the case

Fig. 5. a) Tar conversion and residual tar content in the product syngas; b) Temperature proﬁles at the inner wall of the reactor steel vessel, at the outer surface of
ceramic candles and on the steel top ﬂange.
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Fig. 6. Comparison of axial temperature proﬁles without and with chemical reactions (left); radial temperature proﬁles at diﬀerent heights inside the catalytic
candle, with chemical reactions (right).

Fig. 7. Reaction rates of naphthalene (left) and methane (right) steam reforming on horizontal cross sections A, B and C of the catalytic bed inside the ﬁlter candle.

heights in the simulated volume (0.4 m, 0.8 m, 1.2 m and 1.6 m from
the bottom of the reactor). Fig. 8 shows the volume simulated with the
cylindrical nozzles for oxygen injection (the cylinder of the combustor
is not shown for clarity).
Simulations were carried out with diﬀerent O2 ﬂows (0.12, 0.36 and
0.60 kg/h corresponding respectively to 1, 3 and 5 wt% of the O2
contained in the air input ﬂow rate fed to the combustion reactor), in

order to investigate the best solution in terms of tar conversion and gas
composition. The results are displayed in Fig. 9 and 10.
The numerical results show that the outlet temperature and the tar
conversion are enhanced thanks to the O2 injections; in particular it is
observed that injection of 1% of the O2 sent to the combustor leads to
conversion rates ranging between 50 and 60%, while injections corresponding to 3% show tar conversion rates around 75–80%. Injections of
9
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Fig. 8. Simulated volume with nozzles for O2 injections.

Fig. 10. Temperature proﬁles with O2 injections (3% of the O2 ﬂow to the
combustor).

O2 equal to 5% of the O2 sent to the combustor show slightly higher
conversion rates compared to the results obtained with 3%, ranging
between 78 and 85%. The diagram showing the residual tar content
conﬁrms that the cases at 3 and 5% lead to around 2 g/Nm3 of tar in the
nitrogen free, dry product gas, while the case at 1% leads to above 4 g/
Nm3. Moreover, Fig. 10 shows that with O2 injections in the freeboard,
the temperature proﬁles along the candles is much more uniform, and
the temperature diﬀerence between the lower and the upper part of the
ﬁlters is almost eliminated.

Fig. 11 reports the temperatures along an x-z oriented surface passing through the centre of two candles, and the temperature proﬁles in
three sections of the candle at diﬀerent heights, in presence of small
oxygen injections. The proﬁles show that in this case the temperature
along the reactor and thus the candle is deﬁnitely more uniform, thanks
to the injections of oxygen that compensate the eﬀect of the thermal
losses in the upper part of the reactor. This observation is also conﬁrmed by the temperature proﬁles on the horizontal cross sections,
which show a temperature diﬀerence between sections A and C of only

Fig. 9. Results of simulation with diﬀerent O2 injections (1, 3 and 5% of the O2 ﬂow to the combustor).
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Fig. 11. Comparison of axial temperature proﬁles with chemical reactions and with O2 injections in addition (left); radial temperature proﬁles at diﬀerent heights
inside the catalytic candle, with O2 injections (right).

obtained in the absence of oxygen injections.
As already noticed in Fig. 7, the reaction rates have relevant values
mostly in the external layers of the catalytic candle, and the concentration of methane and naphthalene rapidly drop towards the interior of the candle, as shown in all sections reported here. As a result,
in the internal part of the candle the reaction rates are very low, about
1E-8 kmol/(m3 s) for naphthalene and 2E-4 kmol/(m3 s) for methane.
The partial combustion of the gas compounds with the injected O2
causes a higher content of CO2 in the ﬁnal gas composition, which leads
to a reduction of the energy content of the gas. Table 8 shows the outlet

20 K on the external part of the candle, much lower than that reported
in Fig. 6 (80 K). Furthermore, all three sections show temperature
proﬁles decreasing towards the centre of the candle, indicating a likely,
signiﬁcant extent of endothermic steam reforming reactions over the
whole candle length.
Fig. 12 shows the reaction rates of methane and naphthalene on
horizontal cross sections at diﬀerent heights of the candle; it can be
observed that the reaction rates of methane and naphthalene steam
reforming exhibit a more uniform path among the lower and upper
sections of the candle, contrarily to what shown by the previous results

Fig. 12. Reaction rates of naphthalene (left) and methane (right) steam reforming on horizontal cross sections A, B and C of the catalytic bed inside the ﬁlter candle,
in presence of small oxygen injections.
11
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to that expected for a complete gas conditioning process.
However, tar concentration threshold limits for the utilization of
fuel gas in fuel cells are not yet obtained; therefore a simulation with
Fe-olivine as bed material combined with small injections of O2 was
also carried out. The O2 ﬂow chosen was 0.065 kg/h, corresponding to
0.5% of the O2 ﬂow sent to the combustor, in order to aﬀect as little as
possible the energy content of the gas. The results of the simulation are
shown in Fig. 14.
The simulation with Fe-olivine as bed material and small O2 injections shows the best results obtained so far: tar conversion rates range
between 64 and 68% and the residual tar content is around 0.9 g/Nm3
(naphthalene + toluene), a value close to the threshold limit for feeding
solid oxide fuel cells. Similarly to what observed in the previous case
with O2 injections, the proﬁles show that the temperature is much more
uniform along the whole candles length.
Although the outlet temperature is around 790 °C, still the tars did
not reach complete conversion. The contact time is probably too short
for an eﬀective steam reforming of heavy hydrocarbons, with the catalyst activity considered here. It should be also taken into account the
very high porosity of catalyst pellets (70%, as mentioned above) that
reduces the mass of catalyst charged in each candle. Even though the
catalytic primary treatment with the bed material and O2 injections
have shown enhancement in tar reduction, the availability of catalysts
more active for reforming of heavy molecular weight hydrocarbons
remains an open issue.

Table 8
Temperature and LHV of gas at the outlet of the ceramic candles.
O2 additional input

0

1% of O2 comb.

3% of O2 comb.

5% of O2 comb.

O2 ﬂow rate (kg/h)
T out (°C)
LHV (MJ/Nm3)

–
679
7.21

0.12
789
7.05

0.36
833
6.83

0.60
877
6.60

temperatures and the lower heating values of the product gas, in cases
with diﬀerent injected ﬂows of O2. The case with oxygen injection
corresponding to 3% of the O2 fed to the combustor seems to be a good
compromise for fairly high tar conversion values, with a corresponding
small loss of energy content.
Even though the O2 injections improved the tar conversion, the
residual tar content is still too high for the ﬁnal utilization of the product gas: the threshold values for tar should be close to 100 ppmw.
Therefore, it was concluded that the commercial catalyst for hydrocarbon steam reforming considered here cannot guarantee the needed
tar conversion performance, with the input tar content assumed in this
case; future studies should thus be focused on testing diﬀerent commercial catalysts, particularly suitable for the steam reforming of heavy
hydrocarbons.
An alternative process option for the hot gas catalytic conditioning,
worth to be investigated here, consists in a more eﬃcient combination
of primary and secondary measures for tar abatement, focusing on the
enhancement of tar conversion inside the gasiﬁer ﬂuidized bed, obtained by means of a bed material with catalytic activity higher than
that of olivine [46]. In this way, reducing the input tar content in the
gas ﬂowing to the catalytic candles, the performance of the catalyst
could be enhanced. Previous experimental work, carried out with the
same bench scale rig described in this work, includes biomass gasiﬁcation tests with Fe-olivine as bed material, i.e. enriching the content of
free iron oxides of natural olivine by impregnation [47]; as a matter of
facts, it is well known that iron oxides are an eﬀective catalyst of gasiﬁcation [48]. That experimental work conﬁrmed tar reduction directly inside the gasiﬁer bed, producing a gas with lower tar content.
Those results were here used as inputs for additional simulations assuming Fe-olivine as bed material in the dual bubbling ﬂuidized bed
equipped with the catalytic candles. The input conditions for this simulation are summarized in Table 9.
It is worth noticing that, together with a lower tar content in the raw
syngas input to the ﬁltering candles, this time a steam concentration
higher than that in the gasiﬁcation tests described previously is also
present (see Table 7), because of a greater value of the steam/biomass
ratio (1.2 instead of 0.5) [47]. This circumstance should not prevent
comparison with the performance of catalytic ﬁltering candles predicted for previous tests, because the steam content of the input raw
syngas is in remarkable excess in both cases, in relation to its consumption by chemical reactions taking place inside the candles; the
inﬂuence of a larger H2O excess in the kinetic rate expressions (see Eqs.
(14) – (16)) is quite negligible [47]. This is also conﬁrmed by the experimental results obtained by Garcia-Labiano et al. [19]. In their work
a small segment of a catalytic ceramic candle (Ni based) was tested at a
uniform temperature of 800 °C, with a gas obtained by steam gasiﬁcation of biomass, using Fe/olivine as bed material and at diﬀerent steam
to biomass ratios (between 0.55 and 0.88). Their results showed that tar
conversion is always between 60 and 80 %.
The numerical results obtained are summarized in Fig. 13.
The results show that, in comparison with the previous case (a gasiﬁer bed made of plain olivine, Fig. 5), the temperature drop along the
catalytic candles is lower, causing a gas outlet temperature of 748 °C,
and higher tar conversions rates are obtained, between 35 and 50%.
The residual tar content in fact is strongly reduced: the sum of toluene
and naphthalene is about 1.8 g/Nm3. It is thus deduced that with a
lower initial tar content, the catalyst shows a better performance, closer

6. Conclusions
A 3D-CFD model describing steam reforming of hydrocarbons in the
freeboard of a dual bubbling ﬂuidized bed gasiﬁer equipped with catalytic candles was developed utilizing constitutive equations proposed
by the authors.
To validate the model the simulation outputs were compared with
all available data obtained from real gasiﬁcation tests at lab scale,
utilizing a segment of a commercial candle ﬁlled with a commercial
catalyst. The model validation performed on the base of experimental
values of syngas temperature axial proﬁle, tar content and composition,
gas composition and overall pressure drop through the conditioning
system were considered suﬃcient to obtain reliable predictions of the
operation of the pilot scale gasiﬁer.
Simulations showed the importance for the reforming process of the
temperature distribution in the reactor freeboard, in the candle body
and in the inner catalyst bed as well as the sensitivity of the model to
temperature variations. The results demonstrated that there is a consistent temperature drop along the height of the freeboard, which
causes rather low temperature of the ﬁlter candles and the consequent
low tar conversion (around 10–20%). Several simulations were carried
out in order to identify a solution to the issue of temperature drop,
mainly caused by heat dispersions at the gasiﬁer wall; diﬀerent ﬂows of
Table 9
Input composition and operating conditions of simulation with Fe-olivine primary tar removal.
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Gasiﬁer input

Combustor input

H2 (%vol dry, N2 free)
CO (%vol dry, N2 free)
CO2 (%vol dry, N2 free)
CH4 (%vol dry, N2 free)
H2O content (%)
C6H6 (g/Nm3)
C7H8 (g/Nm3)
C10H8 (g/Nm3)

53.00
27.00
14.00
6.00
42.45
3.14
1.65
1.45

CO2 %vol 8.68
N2 %vol 70.12
H2O %vol 21.20
–
–
–

Operating conditions
T in (°C)
Input gas ﬂow (Nm3/h)

850
18.19

950
26.55
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Fig. 13. a) Tar conversion and residual tar content in the product syngas; b) Temperature proﬁles with Fe-olivine in the ﬂuidized bed.

Fig. 14. a) Tar conversion (left y axis) and residual tar (right y axis) and b) Temperature proﬁles with Fe-olivine in the bed and O2 injections (0.065 kg/h).
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